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Abstract

A proposed feedback control system for methane flow control of a real pilot anaerobic digestion reactor
fed with dairy waste is designed and analyzed using the modified Hill model, which has previously been
adapted to the reactor. Conditions for safe operation of the reactor are found using steady-state responses
of dynamic simulations, taking into account the upper limit of the volatile fatty acids (VFA) concentration
recommended in the literature. The controllers used are standard process controllers, namely the on-off
controller and the PI controller. Several PI controller tuning methods are evaluated using simulations.
Two methods are favoured, namely the Skogestad method, which is an open loop method, and the Relaxed
Ziegler-Nichols closed loop method. The two methods give approximately the same PI settings. Still, the
Skogestad method is ranged first as it requires less tuning time, and because it is easier to change the
PI settings at known changes in the process dynamics. Skogestad’s method is successfully applied to a
PI control system for the real reactor. Using simulations, the critical operating point to be used for safe
controller tuning is identified.
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1. Introduction

This paper attempts to answer the following questions
related to a real pilot upflow anaerboic sludge blanket
(UASB) reactor fed with dairy waste: What are the
benefits and drawbacks of feedback, or closed loop, con-
trol of the produced methane flow compared to using
open loop control, i.e. a constant feed rate? Assuming
the use of standard process controllers, namely on-off
and proportional-integral (PI) control, how do the con-
trol systems perform? How should the PI controller
be tuned? Some of these questions are addressed us-
ing both simulations and practical experiments, while
some are addressed only using simulations.

The pilot plant

The reactor is a part of a pilot biological plant for nu-
trient and energy recovery named Foss Biolab, situated

at Foss farm, Skien, Norway. Input to the plant is dairy
waste diluted with 25% water and filtered with a sieve,
and outputs are fertilizer and biogas consisting of 70-
75% methane. The reactor temperature is kept fixed
at its setpoint with an automatic temperature control
system, Haugen et al. (2013b). A description of the
plant, including its monitoring and control system, is
provided in Haugen et al. (2013c).

Anaerobic digestion (AD) of animal wastes

AD of animal wastes can produce biogas with methane
to be used as an energy source, and a liquid efflu-
ent containing valuable nutrients. Moreover, AD re-
duces methane emission, odours and contaminants.
AD bioreactors are effective as they allow for relatively
high load rates (feed rates) and small reactor volumes.
Various theoretical and practical aspects of AD pro-
cesses are described e.g. in Tchobanoglous et al. (2003)
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and Deublein and Steinhauser (2010). A presentation
of AD of animal wastes, from dairy, beef, poultry, and
swine, is provided e.g. in Husain (1998).

Literature review of reactor control

Bernard et al. (2001b) have implemented a model-
based adaptive linearizing controller and a fuzzy con-
troller designed to maintain the intermediate alkalin-
ity (VFA, volatile fatty acids) and the total alkalinity
within specified limits to ensure stable process condi-
tions and avoid VFA accumulation despite organic load
disturbances. The so-called AM2 model, Bernard et al.
(2001a), is used for design and simulation.

Puñal et al. (2003) have designed an automatic fuzzy
logic-based control system to maintain the online mea-
sured VFA concentration at a proper setpoint.

Méndez-Acosta et al. (2005) have designed a model-
based controller for maintaining the COD (chemical
oxygen demand) of the reactor effluent at its setpoint,
using the AM2 model, Bernard et al. (2001a).

Méndez-Acosta et al. (2010) have designed a multi-
variable control system for controlling the concentra-
tion of VFA in the reactor to its setpoint using the feed
rate, and controlling the total alkalinity to its setpoint
using the addition of an alkali solution.

In neither of the above control systems, the biogas
flow is controlled. Focus is on reactor stability rather
than on energy production (1 Nm3 methane at NTP
= 9.95 kWh). In the papers referred below, the biogas
flow is controlled.

Strömberg (2010) has identified, using simulations,
three controllers for AD processes to be the most suit-
able ones for maximizing gas production while being
able to react properly to process disturbances due to
variations in pH, ammonia, and concentration in the
reactor feed. The simulations are based on the ADM1
model, Batstone et al. (2002). All of the controllers
have the feed rate as control variable (controller out-
put). The controllers resemble an expert system, with
logics (if-clauses) in the control function. A short de-
scription of these controllers follows.

The extremum-seeking variable gain controller by
Liu et al. (2006) has the structure of a cascade con-
trol system where the primary loop implements biogas
flow control, and the secondary loop implements pH
control to stabilize pH.

In the disturbance monitoring controller by Steyer
et al. (1999), disturbances in the form of pulses are
added to the feed rate, and from the gas flow response
the feed rate is adjusted to obtain maximum produc-
tion. Pulsing is stopped if measured pH is below a
critical value.

In the hydrogen-based variable gain controller by Ro-
driguez et al. (2006), online measurements of methane

and hydrogen concentrations of the biogas are mea-
sured online and are used by the controller for ap-
proaching a preset maximum methane gas flow. The
controller is based on a relation between hydrogen con-
centration and effluent COD (Chemical Oxygen De-
mand) concentration as found from the ADM1 model,
Batstone et al. (2002).

Strömberg et al. (2013) note that no uniform tuning
method could be derived to tune the three controllers.
Instead, the controllers were tuned by first running a
large number of simulations to become familiar with
the controller performances, and then the parameters
were tuned manually.

Paper outline

This paper is organized as follows. Section 2 gives a
short description of the proposed methane gas flow con-
trol system. Section 3 covers on-off control. Section 4
covers PI control, including an analysis of the control
system robustness against process parameter changes.
A discussion is given in Section 5, and conclusions are
given in Section 6. Appendix A describes mathemati-
cal models used, and abbreviations and nomenclature
are given in Appendix B.

Computing tools

MATLAB and SIMULINK (MathWorks, Inc.) are
used for numerical computations and simulations. The
algorithms of the real control system are implemented
in LabVIEW (National Instruments, Inc.) running on
a laptop PC.

2. The proposed methane flow
control system

2.1. Control system objective

As is clear from the control systems referred in Section
1, there are alternative objectives for reactor control,
i.e. obtaining a specified VFA concentration, or alka-
linity, or obtaining a specified biogas production.

For the present reactor, the control objective is pro-
posed as follows: Fmeth is maintained at its setpoint,
Fmethsp

, assuming safe operation conditions, defined
below.

Generally, the specific value of Fmethsp may be cal-
culated as the solution of a model-based optimiza-
tion problem with a proper optimization criterion, e.g.
maximum gas production, or economic optimization
where power loss, energy prices, and value of money
are taken into account. However, formulation of the
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optimization problem is not discussed further in the
present paper, but in a forthcoming paper.

2.2. Selection of control variable

Fmeth is the process output variable to be controlled.
An obvious candidate control variable is Ffeed as it
has a clear impact on Fmeth. Also Treac, which in
the present reactor is controlled to its setpoint using a
feedback control system, has a clear impact on Fmeth,
cf. Haugen et al. (2013b). Therefore, Treac is a can-
didate as control variable. However, as pointed out in
Tchobanoglous et al. (2003), Treac should be kept ide-
ally constant, variations within ±0.5 oC being accept-
able, to avoid stressing the methane-generating micro-
organisms (methanogens). Therefore, Treac is not con-
sidered a usable control variable.

2.3. Implementation of the control system

In the methane gas flow control systems studied in the
present paper, Ffeed is the control variable while Fmeth

is the process output variable. The AD reactor with
the methane flow control system is illustrated in Figure
1.

Influent
(feed)

Effluent 
(liquid)

Sludge bed
(with microorganisms)

Liquid
(with suspended sludge)

Biogas

Ffeed

Pump

FT

FC

Fmeth

Fmeth,SP

Figure 1: Methane flow control system.

The control signal from the gas flow controller, FC,
acts on the feed pump (actuator) which is assumed
to provide the feed flow, Ffeed, demanded by the con-
troller. The controller adjusts Ffeed based on the con-
trol error which is the difference between the Fmeth

measurement and its setpoint. This measurement is

provided by sensor FT. In practice, this measurement
is obtained by multiplying the online biogas flow mea-
surement from a thermal gas flow sensor and the online
methane concentration measurement from an IR-based
sensor. The raw measurement signals are smoothed in
filters which are described in Appendix A.3.

The gas flow controller manipulates the peristaltic
feed pump using PWM (Pulse-Width Modulation). It
is found that proper PWM settings are as follows:
Fixed cycle time of 700 sec, on-value of control signal
corresponding to 714 L/d, and off-value correspond-
ing to zero L/d. Two factual benefits of using PWM
control compared with analog control are (1) the cali-
bration of the pump is needed only at the on-state of
the flow rate, and (2) blockings in the feed pipeline are
reduced.

2.4. Control functions

The controllers reviewed in Section 1 can be regarded
as non-standard process controllers (though it can be
claimed that a fuzzy logic controller is a standard con-
troller). For the present reactor, it is proposed to use
standard process controllers as on-off controllers and
PI controllers, which are relatively simple controllers.
For the latter there are many tuning procedures avail-
able, but there is no guarantee that any method gives
successful PI settings. In this paper, several tuning
methods are tested to identify the most suitable meth-
ods.
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Figure 2: Plot of Svsin from laboratory analysis over
one year. Mean value: µSvsin

= 29.7 g/L.

Standard deviation: σSvsin
= 2.0 g/L.

In general, feedforward control can be a very ef-
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ficient control method to compensate for severe dis-
turbances, assuming that these disturbances are mea-
sured continuously or are estimated continuously using
a soft-sensor, e.g. a Kalman Filter algorithm, Dochain
(2008), Simon (2006). For the present pilot reactor,
variations in the volatile solids (VS) concentration of
the feed, Svsin [g/L], are regarded as the most impor-
tant disturbance acting on Fmeth. Figure 2 shows a plot
of Svsin over a period of one year.The largest change
between the samples occurs around t = 150 d, and is
approximately ∆Sbvsin = 6 g/L.

A simulation is here used to indicate the response in
Fmeth due to a change in Sbvsin . It is assumed that the
change is a step of amplitude 6 g/L. Fmeth is controlled
with a PI controller tuned with the Skogestad method,
cf. Section 4.4.1. Figure 3 shows simulated responses
of the control system due to a step change in Svsin .
(The response due to a step change in the setpoint of
Fmeth at t = 5 d, is relevant in Section 4.4.1.)
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Figure 3: Simulated responses of the control system due
to a setpoint step and a disturbance step in
Svsin . The PI controller is tuned with the
Skogestad method.

The maximum transient offset of Fmeth from the set-
point is 1.9 L CH4/d, which volume-normalized is 1.9
L CH4/d/250 L = 0.0075 L CH4/d/L. Assuming this
transient offset is acceptable in a practical application,
feedforward control is not needed.

Assuming the offset due to the variations in Svsin

is problematic, there is still a practical problem about

implementing feedforward control because of the lack of
appropriate online sensors. A soft-sensor for Svsin is an
alternative, but is here regarded an advanced method,
and is therefore not discussed in the present paper.
Using a soft-sensor for Svsin is relevant for model-based
control, to be addressed in a forthcoming paper.

2.5. Safe reactor operation and attainable
operating points

Hill et al. (1987) have found, from a comprehensive
study of literature reporting operational data for reac-
tors fed with swine and beef waste, and confirmed by
their own laboratory experiments, that Svfa = 0.8 g/L
is a good indicator of the reactor health. Svfa ≥ 0.8
g/L indicates an impending reactor failure, i.e. a re-
duction of methane production, while Svfa ≤ 0.8 g/L
indicates that the reactor is operated successfully, i.e.
that the reactor is healthy. Hill et al. found that also
the proprionic to acetic acid (P/A) ratio is a good in-
dicator. However, this ratio can not be calculated from
the mathematical model used in this paper, and there-
fore, the analysis here is not based on this ratio.

Hill et al. did not use dairy waste in their analysis
since reliable data for such waste were not available.
Nevertheless, it is here assumed that the aformentioned
limit applies approximately also for reactors fed with
dairy waste. A support for this assumption is that the
validated AD reactor model by Hill (1983) has the same
parameters describing the AD process for dairy, swine,
poultry, and beef waste, except for parameters express-
ing the fraction of the organic feed that is degradable,
but the AD process dynamics are independent of the
latter parameters.

There are several alternative AD process indicators
and control parameters. Angelidaki et al. (1993) iden-
tify e.g. ammonia as an important parameter for AD
process control, particularly for animal waste rich on
ammonia. Bernard et al. (2001b) reports that the in-
ternal alkalinity to total alkalinity ratio is an impor-
tant indicator, and control parameter. According to
Tchobanoglous et al. (2003), a pH level lower than 6.8
is inhibitory on the methanogenesis. The importance
of monitoring and controlling these, and other, param-
eters, depends on the type of fed substrate, e.g. food
waste, industrial waste, etc. However, from the lit-
erature, the ammonia content is relatively small and
therefore hardly inhibitory for dairy waste (but it is
for swine and poultry waste), the alkalinity is rela-
tively large and not subject to large variations, and
the buffer capacity is high implying that a proper pH
level is maintained. Thus, VFA remains the main AD
process parameter to be used here.

It is assumed that the reactor is represented by the
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Figure 4: Simulated static (steady-state) values of a number of variables versus Ffeed (constant) at Treac = 35
oC. Vertical and horizontal lines are explained in the text.

modified Hill model which is adapted to the pilot re-
actor by Haugen et al. (2013a). The model contains
e.g. a Monod-based rate-limiting effect of high VFA
concentration on conversion of VFA to methane, and
it can predict washout of biomass, i.e. of acidogens and
methanogens.

Figure 4 shows simulated static (steady-state) re-
sponses to a range of constant feed rates (Ffeed). Treac

is 35 oC which is typical for AD reactors. The global,
unconstrained maximum of Fmeths

is found as 214 L
CH4/d which is obtained with Ffeed = 83.4 L/d, repre-
sented with right green vertical lines in Figure 4. How-
ever, at this operating point, Xacids

is virtually zero,
which is coherent with the middle left plot showing
that Sbvsin is not being degraded. Therefore, this un-
constrained maximum is not regarded as a viable op-
erating point.

In Figure 4, the cyan horizontal line in the Svfa plot
represents Svfa = 0.8 g/L. At this value, Ffeed = 35.3
L/d, which is represented by red vertical lines in the
plots. At this feed flow, Fmeths

= 174 L CH4/d which is
then the maximum attainable Fmeths

under safe con-

ditions. The corresponding hydraulic retention time
(HRT) of the reactor is 174/35.3 = 4.9 d.

Assume that the controller output range, i.e. the
range of Ffeed, is restricted by the user to ensure safe
operating conditions. To continue the above example,
assume that the upper limit of Ffeed is set to 35.3 L/d
which, according to the model, corresponds to Fmeths

=
174 L CH4/d. The setpoint is set to Fmethsp

= 174
L CH4/d. Assume that for the practical reactor, the
factual Fmeths that is obtained with Ffeed = 35.3 L/d,
is less than 174 L CH4/d. Then, obviously, the steady-
state control error is non-zero. To obtain zero steady-
state error, either the upper limit of Ffeed should be set
higher than 35.3 L/d, or Fmethsp

should be set smaller
than 174 L CH4/d, of which the latter alternative is
the safest.

2.6. Comparing feedback control with
open loop control

To demonstrate the effect of Fmeth control, Figure 5
shows experimental time-series of Fmeth and Ffeed, and
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Treac, with (automatic) control and without control.
It is clearly demonstrated that Fmeth drifts less with
control than without control. Fmeth remains close to
Fmethsp

even after the setpoint is changed. In the case
of feedback control, Ffeed is of course varying, while it
is constant in open loop control. Treac is actually dif-
ferent in the two cases, but it is assumed the difference
between the two cases is independent of the tempera-
ture difference.
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Figure 5: Fmeth and Ffeed, and Treac, for the real re-
actor, with (automatic) control and without
control. (The length of each of the time in-
tervals for these two cases are different.)

If the drift of Fmeth is acceptable when a constant
Ffeed is used, feedback control may be superfluous.

3. On-off control

The on-off controller can be regarded as the simplest
feeedback controller available, Johnson (2000). It can
be used without any tuning, except deciding the on-
value and the off-value of the controller output as well
as the threshold level, de. With on-off control, the
control system oscillates, and typically, the offset of
the mean value of the control error from the setpoint
is non-zero.

The on-off controller function can be defined as

u =

{
uon for e ≥ de
uoff for e < −de

(1)

where e is the control error,

e = Fmethsp
− Fmeth [L CH4/d] (2)

and de is an adjustable dead-band to avoid switching
of u due to (measurement) noise in e. uon and uoff are
constant control signal levels. In applications with the
pilot reactor, de = 0.5 L CH4/d.

Table 1 summarizes a number of settings and abso-
lute and volume-normalized characteristics found from
simulated and experiments on the real reactor further
described in the following.

Table 1: Settings and steady-state characteristics for
simulated and practical experiments with on-
off control.

Characteristics Units Sim Real

uon [L/d] 45 45

uoff [L/d] 5 5

de [L CH4/d] 0.5 0.5

Fmeth [L CH4/d] 88 88

Treac [oC] 25 25

Pu [d] 1.16 1.1

Ae [L CH4/d] 3.3 2.0

Ae/V [L CH4/d] 0.013 0.008

|e|max [L CH4/d] 4.2 2.2

|e|max/V [L CH4/d] 0.017 0.009

µe [L CH4/d] −1.0 −0.2
µe/V [L CH4/d]−0.0041−8.0 · 10−4

Simulations

In simulations, though not displayed here, Fmethsp(t)
has the typical form of a sinusoidal oscillation, while
u(t) is a square wave.

Responses of the real reactor

Figure 6 shows Fmeth from an experiment with on-off
control on the real reactor.

Comments and conclusions

• The period, Pu, of the simulated and real oscilla-
tions are approximately equal which indicates that
the dynamics of the reactor is well captured by the
model. However, the amplitude of the oscillations
differ by a factor of approximately 1.7. It is not
clear what is the model error that causes this dif-
ference.

• For the real reactor, |e|max ≈ 2.2 L CH4/d, or nor-
malized: |e|max/V ≈ 0.009 L CH4/d/L, is proba-
bly acceptable.

• For both the simulated and real reactor the mean
control error are nonzero, but probably acceptable
for both the simulated and the real reactor.
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Figure 6: Experimental Fmeth with on-off methane gas
flow control.

• The on-off behaviour of the control signal, and
hence the feed flow, may be acceptable in prac-
tical applications. Actually, it is observed that for
the present reactor, discontinuous feeding reduces
the frequency of the blockings.

4. PID control

4.1. Controller function

PID control is prevalent in industrial applications. The
PID controller provides smooth control as opposed to
on-off control, but its parameters must be tuned to
fit the dynamics of the process to be controlled. The
applied PID controller is based on Euler backward dis-
cretization of the following continuous time PID con-
troller, with time-step τs = 2 s:

u(t) = uman +Kce(t)+
Kc

τi

∫ t

0

e (τ) dτ +Kcτdė(t) (3)

Typically, the derivative term may provide control sta-
bility and agility, but is nevertheless often deactivated,
i.e. τd = 0, in practical applications because of its
problematic propagation of measurement noise caus-
ing a noisy control signal. For the pilot reactor, it is
decided to not use the derivative term.

4.2. Selection of controller tuning methods

It is of interest to compare different PI(D) tuning meth-
ods to arrive at a conclusion about recommended meth-
ods. The following methods are applied to the simu-
lated reactor, and some of them are applied to the real
reactor: Among open loop methods, the SIMC method
(Simple IMC), Skogestad (2004), here denoted the Sko-
gestad method, is selected. Comparing it with the fa-
mous Ziegler and Nichols open loop method, Ziegler
and Nichols (1942), the Skogestad method benefits by
having an adjustable parameter. Furthermore, the
Skogestad method includes tuning formulas for var-
ious types of process dynamics. Other well-known
open loop methods are the Lambda tuning method
and the Internal Model Control (IMC) methods, Se-
borg et al. (2004), but it is not clear whether these
methods have important benefits compared with the
Skogestad method.

Among closed loop tuning methods, the famous
Ziegler Nichols (ZN) closed loop method is applied,
although it is expected to give small stability mar-
gins. As an alternative, the Relaxed Ziegler Nichols
(R-ZN) method proposed by Haugen and Lie (2013) is
tested. The Tyreus and Luyben (TL) method, Tyreus
and Luyben (1992), is probably the best known method
to modify the ZN closed loop PI settings to obtain more
relaxed control. However, the R-ZN method compares
favourably with the TL method, cf. Haugen et al.,
(2013d). Therefore, the TL method is not tested here.

4.3. Summary of results

Table 2 gives a summary of results for a simulated reac-
tor based on the model presented in Appendix A, and
for the real reactor. The table shows controller set-
tings, the gain margin (GM), the phase margin (PM),
and the closed-loop response-time, τr [d], which is es-
timated as

τr =
1

ωc
(4)

τr is approximately the time-constant of the control
system. The above frequency response characteristics
are based on the transfer functions model described in
Appendix A.3, except for the tuning method denoted
“Skogestad with estimated transfer function” where
the frequency response characteristics are based on
the estimated transfer function. Seborg et al. (2004)
present the following ranges of the stability margins:

1.7 = 4.6 dB ≤ GM ≤ 4.0 = 12.0 dB (5)

and
30o ≤ PM ≤ 45o (6)

Comments to Table 2:
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Table 2: Results with various PI tuning methods for
simulated and for real reactor.

Method

Kc

[(L/d)/

(LCH4/d)]

τi
[d]

GM
PM

[deg]

τr
[d]

Sim: Skogestad 2.46 0.92
3.2
= 10.0
[dB]

32.3 0.39

Real: Skoge. 4.89 1.24 N/A N/A N/A

Sim: ZN 3.45 0.97
2.3
= 7.2
[dB]

25.6 0.30

Sim: R-ZN 2.44 1.16
3.4
= 10.7
[dB]

37.5 0.40

Real: R-ZN 5.00 1.16 N/A N/A N/A

Sim: Optimal 2.12 1.04
3.8
= 11.6
[dB]

38.0 0.44

Real: Skoge.

with estim.

transf. func.

13.5 0.54
2.8
= 8.9
[dB]

37.4 0.25

• The values of Kc for the simulated reactor are
roughly half of the values for the real reactor, while
the values of τi differ little. The variation in Kc

is of course due to modeling errors. Actually, the
modified Hill model was adapted to various time-
series from time intervals relevant to controller
tuning, but with no significant changes in the per-
tinent model parameters, nor in Kc. From this it
can be concluded that using a phenomenological
mathematical model as the basis for tuning a con-
troller for the real reactor, is dubious. However,
for the present reactor, the difference in values of
Kc is safe.

• The PI settings calculated from the estimated pro-
cess transfer function have approximately double
the value of Kc and half the value of τi compar-
ing with the respective settings found by the Sko-
gestads method and the R-ZN method applied di-
rectly to the real reactor, and thus, the former set-
tings are expected to give more aggressive control.
Due to practical obstacles, the PI settings found
from the estimated process transfer function have
not been applied to the real reactor, so it is not
known if they are applicable on the real reactor,
or not.

4.4. Applications of controller tunings

4.4.1. Skogestad tuning

Simulations and real experiments indicate that the re-
actor dynamics can be characterized approximately as
“time-constant with time-delay” with a time-constant
of a few days and a time-delay of a few hours. As
pointed out in Haugen and Lie (2013), the Skogestad
method, with a proposed justified reduction of the in-
tegral time setting, gives the following PI settings for
processes where the time-delay is less than one eighth
of the time-constant, which is the case for the pilot
reactor:

Kc =
1

2Kipτdelay
(7)

τi = 4τdelay (8)

where Kip , the integrator gain, and τdelay, the (appar-
ent) time-delay, can be found from a simple process
step response. Kip can be calculated as

Kip =
S

∆Ffeed
(9)

where ∆Ffeed [L/d] is the applied step amplitude, and
S [(L CH4/d)/d] is slope of the time-delayed ramp-
formed response in Fmeth.

Simulations

Kip and τdelay are found from an open-loop step re-
sponse where Ffeed is changed as a step of amplitude
∆Ffeed = 1 L/d. From the step response shown in Fig-
ure 7, where the red line is the “time-delayed ramp”
step response of the assumed integrator with time-
delay, S = 0.883 (L CH4/d)/d and τdelay = 0.23 d.
This gives Kpi = S/∆Fmeth = 6.6/20 = 0.33 [(L
CH4/d)/(L/d)]/d. The resulting PI settings and fre-
quency response characteristics calculated from the lin-
ear model presented in Appendix A.3 are presented in
Table 2. The stability margins are within the accept-
able limits given by ineqs. (5)-(6).

Figure 3 shows simulated responses of the control
system due to a setpoint step and a disturbance step
in Svsin .

Responses of the real reactor

Figure 8 shows the response in Fmeth due to a step in
Ffeed from 39 L/d to 19 L/d, i.e. the step amplitude is
∆Ffeed = −20 L/d. A negative step is used because the
initial value of Ffeed is relatively large. From the step
response, τdelay = 0.31 d and S = −6.6 (L CH4/d)/d
are estimated. The resulting PI settings are shown in
Table 2.
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Figure 7: Simulated open-loop step response where
Ffeed is changed as a step of amplitude 1 L/d.

Figure 9 shows responses on the real reactor with
the above PI settings. There is no indication of poor
stability. The relatively large response in Fmeth be-
tween t = 446.0 and 446.5 d is assumed being due to a
disturbance.

Comments and conclusions

• The Skogestad PI tuning method, here used as
an open loop step response method, gives good
results.

• The step response test can be accomplished within
approximately half a day which is considerably
shorter than e.g. relay-based tuning methods
which may require more than two days, cf. Section
4.4.2.

4.4.2. Ziegler-Nichols PI tuning based on relay
oscillations

Åstrøm and Hägglund (1995) suggested a relay or on-
off controller to replace the P controller in the tuning
phase of the ZN closed loop method, thereby avoid-
ing the trial-and-error procedure since the oscillations
come automatically. During the relay tuning the con-
trol signal becomes a square wave. Assuming the os-
cillation in the process output is (approximately) si-
nusoidal, as is the case with the present reactor, the
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Figure 8: Open-loop step response for the real reactor.

ultimate gain, Kcu , is calculated as

Kcu =
4Au
πAe

(10)

where Au is the amplitude of the on-off control signal,
and Ae is the amplitude of the control error and the
process output. For a PI controller, the ZN settings
are Kc = 0.45Kcu and τi = Pu/1.2 where Pu is the
period of the oscillation.

Results

Using simulations with on-off controller (not shown) as
the basis for relay tuning, gives Au = (45− 5)/2 = 20
L/d, Ae = 3.3 LM, Pu = 1.16 d. The resulting PI set-
tings are shown in Table 2 together with control system
characteristics. The phase margin (PM) is 25.6o which
is less than the lower limit in eq. (6). Simulations, not
shown here, confirm relatively small stability margins
as responses are oscillatory. It was decided not to use
the Ziegler-Nichols method with the real reactor since
the theoretical results are not satisfactory.

4.4.3. Relaxed Ziegler-Nichols PI tuning

The Relaxed Ziegler-Nichols (R-ZN) PI tuning method
is proposed by Haugen and Lie (2013) to give more
relaxed control, i.e. improved stability, compared with
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Figure 9: Responses on the real reactor with PI
methane flow controller tuned with Skoges-
tad’s method.

the ZN closed loop method. The PI settings are:

Kc =
2

π (kr + 1)
Kcu

kr=1
= 0.32Kcu (11)

τi =
kr + 1

2
Pu

kr=1
= Pu (12)

where Kcu and Pu can be found from relay oscillations.
The tuning parameter kr can be used for enhanced
relaxation. Simulations with the modified Hill model,
Haugen et al. (2013a), indicate that the default value
kr = 1 works well with the present pilot reactor.

Simulations

PI settings are calculated from simulated relay oscil-
lations, not shown here. Table 2 shows the resulting
PI settings, and control system characteristics. The
stability margins have acceptable values. Since these
PI settings differ little from those found with the Sko-
gestad method in Section 4.4.1, simulations with R-ZN
settings are not shown here (Figure 3 shows responses
with Skogestad PI settings).

Practical results

The relay oscillations shown in Figure 6 are used as the
basis for the PI controller tuning. The on and off values
of the controller are Ffeedon

= 45 L/d and Ffeedoff
= 5

L/d, respectively, giving Au = (45 − 5)/2 = 20 L/d.
From the oscillations, Ae = 2.0 L/d and Pu = 1.1 d.
The resulting PI settings are shown in Table 2. Since
these settings differ little from those found with the
Skogestad method, cf. Section 4.4.1, it was decided
not to perform separate experiments on the real reactor
with R-ZN settings.

Comments and conclusions

• Both simulations and real experiments indi-
cate successful controller tuning using the R-ZN
method. The PI settings become close to those
obtained with the Skogestad method, which is not
a surprise since this method is designed from a
combination of the Skogestad method and the ZN
method.

• The Skogestad method is here favoured compared
with the R-ZN method, due to the following ob-
servations: Firstly, the Skogestad method has a
shorter tuning phase, namely approximately 0.7
d, cf. Figure 8, while the tuning phase of the R-
ZN method is 2-3 days. Secondly, in the Skoges-
tad method, retuning the controller in the case of
a known process parameter change, e.g. an in-
crease of the apparent τdelay due to an increased
filter time-constant, can be accomplished without
performing any new experiment. With the R-ZN
method, a new experiment is needed.

4.4.4. Optimal PI tuning based on the modified
Hill model

In this method, PI controller parameter vector pc =
[Kc, τi] is tuned at a specific operating point to mini-
mize the objective function fobj(pc),

min
pc

fobj(pc) s.t. C (13)

(s.t. is “subject to”). C represents constraints. The
following fobj(pc) is here proposed:

fobj(pc) =

∫ t2

t1

(|e|+R|u̇|) dt (14)

where e is the control error, u̇ = Ḟfeed is the rate of
change of the control signal, and R is a user-selected
cost coefficient. With R = 0, eq. (14) is identical to
the well-known IAE index, Seborg et al. (2004). The
larger R, the more cost of control signal variations, and
smoother, but also slower, control actions can be ex-
pected. Having only one parameter, R, to be tuned is
a much easier tuning problem than having two param-
eters, Kc and τi. Furthermore, R has an intuitive in-
terpretation. Many alternative objective functions are
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possible, e.g. quadratic functions instead of absolute
values, frequency response-based functions, etc. Equa-
tion (14) is here selected since it is an enhancement
of the IAE index. A quadratic objective function was
tested, but no benefits were identified compared to the
selected function.

In eq. (13), C is a constraint on the stability mar-
gins in terms of |S(jω)|max, where S(s) = 1/[1 +L(s)],
where L(s) = Hc(s)HADm(s) is the loop transfer func-
tion. HADm

(s) is given by eq. (25). The acceptable
range of |S(jω)|max is set as [1.2, 2.0], according to Se-
borg et al. (2004). However, this constraint was not
active at the optimal solution (its value was 1.87).

fobj(pc) is calculated from simulations with the (non-
linear) modified Hill model, Haugen et al. (2013a). The
simulator is based on numerical integration of the dif-
ferential equations using the Euler explicit numerical
method implemented in native for-loops in a MATLAB
script.1

The optimization problem is here solved using “brute
force” (BF), i.e. fobj(pc) is calculated over a grid of
equidistant values of Kc and τi defined in respective
arrays (MATLAB), and the optimal pc is found by
searching the matrix of stored values of fobj for the
minimum. This gives a global, approximate solution.

If a more precise value is desired, either BF opti-
mization can be repeated but with the new grid cells
covering the original grid cells containing the global
optimum candidate, or a local optimizer, Edgar et al.
(2001), can be applied with the global optimum candi-
date as the initial guess.2 Both these alternatives were
tested, with approximately the same optimum, but the
repeated BF method being considerably easier to im-
plement.

Application to simulated reactor

In eq. (14), t1 = 0 d, and t2 = 5 d. The reactor is
initially in steady-state. Fmethsp is constant (88 L/d).
At t = 1 d, Svsin is increased as a step of amplitude
2 g/L. The arrays of Kc and τi are equidistant with
100 elements each. By trial-and-error, a proper value
of R is found as 0.3. Table 2 shows the resulting op-
timal PI settings. The stability margins and response-
time as calculated from the linear model presented in
Appendix A.3. The stability margins have acceptable
values. Figure 10 shows a simulation with the optimal
PI settings, indicating acceptable stability.

1Comparing with implementation of the simulator in
SIMULINK, the computational time is reduced by a factor
of about 100 with for-loops.

2One example of a local optimizer is MATLAB’s fmincon func-
tion.
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Figure 10: Simulation of control system with optimal
PI settings.

Comments

• The optimal PI settings do not differ much from
those found with the Skogestad method and the
R-ZN method.

• Optimal tuning has not been applied to the real
reactor. However, the optimal PI settings found
from simulations will probably work well on the
real reactor sinceKc is smaller thanKc found from
the Skogestad method applied to the real reactor,
and the values of τi do not differ much.

• Optimal tuning is a flexible tuning method since
it allows for alternative types of models and alter-
native objective functions.

4.4.5. PI tuning using estimated transfer function

Figure 11 shows real Fmeth and Ffeed, and simulated
Fmeth using the real Ffeed, over time interval of 4 d.

The simulation is based on transfer function Hp(s)
estimated from the shown real Fmeth and Ffeed. Hp(s)
is estimated using the n4sid function in MATLAB with
automatic detection of the best model order3, and us-
ing the delayest function to estimate the time-delay

3Using input argument NX = ’best’.
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Figure 11: Real and simulated Fmeth.

used in n4sid. The resulting estimate becomes

Hp(s) =
1.15

4.21s+ 1
e−0.135s =

Ke

τes+ 1
e−τdes (15)

Models estimated from other time-series do not differ
much from eq. (15). Among the large number of con-
troller tuning methods which can be used for eq. (15),
the Skogestad method is selected. Since τde is con-
siderably smaller than τe, the Skogestad PI setting for
“integrator with time-delay” processes given in Section
4.4.1 with Kpie

= Ke/τe = 0.27 [(L CH4/d)/(L/d)]/d
can be applied. The resulting PI settings are given in
Table 2. The PI control system with eq. (15) as con-
trolled process has stability margins of GM = 2.8 = 8.9
dB and PM = 37.4o, which are within the acceptable
ranges ineqs. (5)-(6).
Kc and τi found here are, respectively, larger and

smaller compared with the values found using the Sko-
gestad method in Section 4.4.1 applied directly to the
real reactor, cf. 2. This is due to τde = 0.135 d be-
ing smaller than the time-delay of 0.31 d, and to the
integral gain Kpie

= 0.27 [(L CH4/d)/(L/d)]/d being
smaller than Kpi = 0.33 [(L CH4/d)/d]/(L/d) found
in Section 4.4.1.

4.4.6. Conclusions about PI tuning method

From the results in the above sections, the Skogestad
method is favoured among the various tuning meth-
ods due to the following benefits. The step response
experiment is simple, and the experimental period is
short which is an important benefit with slow processes

such as bioreactors. Known changes in the (apparent)
time-delay can be accounted for in the PI(D) settings
without new experiments. The control agility can eas-
ily be adjusted via the closed loop time-constant. The
method can be applied without any prior mathematical
model. Finally, the method has proven, in the present
and in other application, to give good tuning results.

The R-ZN PI tuning method also works well, and
can be expected to give tuning results similar to the
Skogestad method. However, accomplishing the for-
mer method may take three or more times longer time
compared with the Skogestad method. Furthermore,
known changes in the (apparent) time-delay are not
easily accounted for, without a new tuning.

4.5. Control system robustness against
process parameter changes

4.5.1. Introduction

Figure 12 shows the static (steady-state) Fmeth, here
denoted Fmeths

, as a function of constant Ffeed for three
different Treac found by simulations with the modified
Hill model, Haugen et al. (2013a).
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Figure 12: Steady-state Fmeth as a function of constant
Ffeed for different Treac.

The static process gain is defined as

Kp =
∂Fmeths

∂Ffeed
(16)

Kp is the slope of the curve in Figure 12. Depending on
Ffeed, Kp is positive, zero or negative. In Figure 12 it
can be seen that for a given Treac, there is a maximum
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achievable Fmeths
, which defines the feasible setpoint

of Fmeth.

4.5.2. Dependency on Treac

To illustrate temperature dependency, the operating
point value is set to Ffeedop = 5 L/d, and the response
in ∆Fmeth(t), which is the deviation from the operat-
ing point due to a step change of Ffeed of amplitude
∆Ffeed = 1 L/d, is simulated for Treac = 25 oC and
35 oC. Figure 13 shows ∆Fmeth(t) simulated with the
linearized model presented in Appendix A.2. The sim-
ulations indicate that the dynamics of the reactor is
faster the larger Treac. To quantify the agility of the
dynamics, the 63% response time, resembling the time-
constant, is approximately 7.5 d with Treac = 25 oC and
approximately 4.1 d with Treac = 35 oC.
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Figure 13: ∆Fmeth(t) due to a step change of Ffeed of
amplitude 1 L/d at Treac = 25 oC and 35
oC.

4.5.3. Dependency on Ffeed

For illustration, Treac is set to 35 oC. Figure 14 shows
simulated ∆Fmeth(t) for a number of different values of
Ffeedop

due to a step change of amplitude 1 L/d of Ffeed

from Ffeedop . The simulations show that the dynamics
of ∆Fmeth(t) varies substantially with Ffeedop .

4.5.4. Detecting critical operating point for
controller tuning

Here, focus is on finding the critical operating point
with respect to control system stability. PI control is
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Figure 14: Simulated ∆Fmeth(t) for a number of differ-
ent values of Ffeedop

due to a step change
of amplitude 1 L/d of Ffeed from Ffeedop

.
Treac = 35 oC.

assumed. Assume that the controller will have fixed
settings. If a controller is tuned at the critical operat-
ing point, the control system will remain stable in any
other operating point. On the other hand, if the con-
troller is tuned at a non-critical operating point, the
control system may become unstable at other operat-
ing points.

Some alternatives to using fixed controller settings
to handle varying process dynamics are:

• Continuous adaptive tuning based on continuous
estimation of a transfer function model, Åstrøm
and Wittenmark (1994).

• Gain scheduling – experimental with table-lookup,
or model-based, Seborg et al. (2004).

Implementation of experimental Gain scheduling is
straightforward. Treac and Ffeed may be used as in-
put variables to the table, and the PI settings are the
output variables. Each of the PI settings can be found
experimentally using e.g. the Skogestad method. How-
ever, implemention of the above mentioned alternatives
are not designed nor analyzed here.

For the analysis of the control system stability the
transfer function model of the methane flow control
system presented in Appendix A.3 is used. The anal-
ysis is accomplished as follows: A PI controller is
tuned using the R-ZN method (with tuning parame-
ter kr = 1) at one specific operating point which is
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here denoted the basic operating point: (Ffeed = 10
L/d, Treac = 25 oC). In this tuning method the ul-
timate gain, Kcu , and the ultimate period, Pu, are
needed to calculate PI settings Kc and τi. In the tun-
ing, Kcu = 1 and τi = ∞ initially. Then, Kcu = GM
and Pu = 2π/ω180 where ω180 [rad/d] is the gain mar-
gin crossover frequency. The PI settings are used at
different operating points, and the stability margins,
namely the gain margin, GM, and the phase margin,
PM, are calculated from the transfer function model.

From the results, a conclusion is made in the fol-
lowing about what is the critical operating point for
controller tuning, and an attempt is made to explain
the results using the (nonlinear) mathematical reactor
model.

Table 3 summarizes the results. The fixed PI settings
found at the basic operating point are Kc = 1.29 (L
CH4/d)/(L/d), and τi = 0.91 d. The upper left cell of
Table 3 represents the basic operating point.

Table 3: Stability margins of the methane control sys-
tem at various operating points. The upper
left cell is the basic operating point.

Treac [oC]
Ffeed = 10

[L/d]
Ffeed = 25

[L/d]

25
GM = 5.3
PM = 38.8o

GM = 7.6
PM = 42.3o

30
GM = 3.3
PM = 35.5o

GM = 3.5
PM = 39.0o

35
GM = 2.4
PM = 30.0o

GM = 2.3
PM = 30.8o

In Table 3 the following observations are made:

1. The stability margins decrease with increasing
Treac.

2. Except at Treac = 35 oC, where the stability mar-
gins are almost independent of Ffeed, the stability
margins decrease with decreasing Ffeed.

From these observations, the following general guide-
line is proposed, at least for Treac less than 35 oC: The
critical operating point regarding controller tuning is
maximum Treac and minimum Ffeed. A PI controller
with fixed tuning should be tuned in this operating
point. (At Treac = 35 oC, the controller tuning seems
to become independent of Ffeed.)

Below is an attempt to explain the above two obser-
vations using the mathematical reactor model.

1. Regarding observation 1: Figure 12 shows the
steady-state Fmeth as a function of constant Ffeed

for different Treac. The static process gain is de-
fined with eq. (16). At least for Ffeed = 10 L/d

and 25 L/d which are assumed above, Kp increases
with Treac, and hence, a reduction of control sys-
tem stability margins can be expected.

An alternative explanation may be found directly
from the modified Hill model: From model eqs.
(25), (27), (28) in Haugen et al. (2013a), it is seen
that Fmeth becomes more sensitive to Svfa as the
temperature increases, hence the process gain in-
creases. This increased sensitivity may explain the
reduced stability (margins) as Treac is increased.

2. Regarding observation 2: From Figure 12, Kp be-
comes larger, and hence the control system stabil-
ity margins are reduced, if Ffeed is reduced.

5. Discussion

Ideally, all the questions stated in the Introduction
should be addressed with practical experiments. How-
ever, this was not possible for practical reasons, so some
questions are addressed using simulations only. Since
the modified Hill model has shown to represent the
pilot AD reactor well, Haugen et al. (2013a), it is as-
sumed that the results obtained from simulations hold
qualitatively, and to some extent, quantitatively.

Both on-off control and PI control are found be-
ing successful for controlling the methane gas flow, on
a simulated reactor as well as on the practical reac-
tor. For PI controller tuning, the Skogestad method,
which is an open loop tuning method, is identified as
the favoured tuning method. Also the R-ZN method,
which is a closed loop method based on relay oscilla-
tions, works well. It is believed that the identification
of these tuning methods can reduce time and efforts in
controller tuning for AD processes.

Dairy waste as AD feedstock has large buffering ca-
pacity, and its composition is relatively constant. If the
feedstock is more complex, as with poultry and swine
waste and food waste, a richer mathematical model
able to predict other AD variables than those of the
Hill model, e.g. pH, alkalinity, partical alkalinity (PA),
pH, ammonia, and carbon dioxide may be useful. Two
model candidates are the AM2 model by Bernard et al.
(2001a) and the ADM1 model, Batstone et al. (2002).
Overviews over AD models are given in e.g. Gavala
et al. (2003) and Strömberg (2010).

6. Conclusions

Using a mathematical model of the AD reactor and
the specific upper limit of the concentration of volatile
fatty acids, known from the literature, safe operating
conditions for the reactor can be found. These con-
ditions imply an upper limit of the feed rate, and an
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upper limit of the gas flow setpoint. These limits are
theoretical, and should be adjusted on a practical re-
actor to avoid non-zero steady state control error.

For the present pilot reactor, both simulatons and
practical experiments indicate that on-off control is a
viable feedback controller if the oscillation in the feed
rate and biogas flow can be tolerated. If smooth control
is important, PI control is appropriate. The Skogestad
method is favoured as a PI controller tuning method
since it is easy to apply and gives good tuning results
with the present reactor. Also, the R-ZN closed loop
tuning method works well, but the time needed to ac-
complish the tuning is longer than with the Skogestad
method.

Simulations indicate that it is safe for control loop
stability to tune a PI controller with fixed parameters
at low feed flow.

Acknowledgements

Funding of this project is supplied by the Norwegian
government through Innovasjon Norge, Statens Land-
bruksforvaltning, Utdannings- og forskningsdeparte-
mentet, and The Research Council of Norway. Tele-
mark University College (TUC), Norway, has provided
practical and economical support. Thanks to Knut
Vasdal, Eivind Fjelddalen, Wenche Bergland, and stu-
dents in the master study in Environmental Engineer-
ing at TUC for practical support.

A. Mathematical models

A.1. The modified Hill model

In this paper, simulations are based on the modified
Hill model adapted to the pilot AD reactor. The model
is derived in Haugen et al. (2013a).

A.2. Linearized model

For linear analysis and design, e.g. frequency response
based method, a local linear version of the modified
Hill model is used. The model has the standard form:

∆ẋ = A∆x+B∆Ffeed (17)

∆Fmeth = C∆x+D∆Ffeed (18)

where x is the state vector:

x = [Sbvs, Svfa, Xacid, Xmeth]T = [x1, x2, x3, x4]T (19)

The symbol ∆ represents “deviation from operating
point”, i.e. ∆x = x − xop, ∆Ffeed = Ffeed − Ffeedop

,
and ∆Fmeth = Fmeth − Fmethop

.

In eqs. (17)-(18), A, B, C, and D are Jacobian ma-
trices. Their elements are presented in Haugen et al.
(2013c).

A.3. Transfer function model

The transfer function from from ∆Ffeed to ∆Fmeth can
be calculated from the linear state space model, eqs.
(17) and (18), with

∆Fmeth(s)

∆Ffeed(s)
≡ HAD(s) = C (sI −A)

−1
B +D (20)

where matrices A, B, C, and D are given in Section
A.2.

In eq. (20), ∆Fmeth represents the (deviation of)
the “raw” CH4 gas flow. In practice, the CH4 gas flow
is known from the multiplication of the biogas flow
online measurement and the CH4 concentration on-
line measurement. These measurements are smoothed
with lowpass filters with the following respective time-
constants:

• Time-constant of main biogas flow measurement
filter:

τf1 = 0.2 d (21)

• Time-constant of additional biogas flow measure-
ment filter:

τf2 = 1400 min = 0.0162 d (22)

• Time-constant of CH4 concentration measurement
filter:

τf3 = 1 h = 0.0417 d (23)

Furthermore, it is observed that there is a time delay
in the observed measured responses in the CH4 gas flow
which is approximately

τd = 0.05 d (24)

Taking the above mentioned dynamic elements into
account, the following transfer function from the feed
flow to the methane gas flow measurement is obtained:

∆Fmethm
(s)

∆Ffeed(s)
= HADm

(s) = HADHdHf1Hf2Hf3 (25)

where, for i = 1, 2, and 3,

Hd(s) = e−sτd (26)

Hfi(s) =
1

s
τfi

+ 1
(27)

Figure 15 illustrates the composition of the resulting
transfer function, HADm

(s), eq. (25).

153



Modeling, Identification and Control

HAD(s) Hd(s) Hf1(s) Hf2(s)

Reactor

(Hill)

Time-

delay

Main

biogas flow

meas filter

CH4 conc 

meas 

filter

ΔFfeed ΔFmeth,m

HADm(s)

Hf3(s)

Additional

biogas flow 

meas filter

Figure 15: The composition of the transfer function
HADm

(s), eq. (25).

B. Abbreviations and nomenclature

B.1. Abbreviations

AD: Anaerobic digestion

BF: Brute force (optimization method)

BVS: Biodegradable volatile solids

COD: Chemical Oxygen Demand

FC: Flow controller

FT: Flow transmitter (sensor)

HRT: Hydraulic retention time

IAE: Integral of absolute value of control error

NTP: Normal Temperature and Pressure: 0 oC, 1 atm

P/A: Proprionic to acetic acid ratio

PID: Proportional-integral-derivate

PWM: Pulse-width modulation

R-ZN: Relaxed Ziegler-Nichols, Haugen and Lie
(2013)

TL: Tyreus and Luyben, Tyreus and Luyben (1992)

UASB: Upflow anaerboic sludge blanket

VFA: Volatile fatty acids

VS: Volatile solids

ZN: Ziegler-Nichols, Ziegler and Nichols (1942)

B.2. Nomenclature

In the paper, but not shown in the list below, subindex
“s” is used to represent “steady-state” or “static”.

The list below contains only symbols which are used
in this paper. A complete list of symbols for the mod-
ified Hill model is in Haugen et al. (2013a).

Ae: Amplitude of the control error and the process
output.

Au: Amplitude of the on-off control signal.

c: Factor used to define lower limits of biodegraders
Xacid and Xmeth.

fobj: Objective function.

Ffeed [L/d]: Influent or feed flow or load rate, assumed
equal to effluent flow (constant volume).

Fmeth [L CH4/d]: Methane gas flow.

GM: Gain margin.

kr: Parameter of the Relaxed Ziegler-Nichols tuning
method.

Kp [(L CH4/d)/(L/d)] = ∂Fmeths
/∂Ffeed: Static pro-

cess gain.

ωc [rad/d]: Amplitude crossover frequency, which
may be defined as the control system bandwidth.

Pu [d] Period of oscillation.

PM [degrees]: Phase margin.

Svfa [g VFA/L]: Concentration of VFA acids in reac-
tor.

Svfain
[g VFA/L]: Concentration of VFA in biodegrad-

able part of influent.

Sbvs [g BVS/L]: Concentration of BVS in reactor.

Sbvsin [g BVS/L]: Concentration of BVS in influent.

Svsin [g VS/L]: Concentration of volatile solids in in-
fluent.

Treac [◦C]: Reactor temperature.

τi [d]: Controller integral time.

τd [d]: Controller derivative time.

V [L]: Effective reactor volume.

Xacid [g acidogens/L]: Concentration of acidogens.

Xmeth [g methanogens/L]: Concentration of
methanogens.
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